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ABSTRACT 

Cement manufacture contributes about 8% of global anthropogenic CO2 emissions, and roughly 60% 

of that burden is process-intrinsic calcination CO2 that no fuel switch can remove. Conventional MEA 

scrubbing imposes regeneration duties above 3.6 GJ per tonne CO2, making low-energy solvents 

essential for cement decarbonisation. This study aims to optimise a 5 M DEEA + 2 M MAPA phase-

change solvent for CO2 capture from the Ashaka Cement Plant, Gombe State, Nigeria (304,996 kg h-1, 

22.4 mol% CO2), and to demonstrate that lean loading and stripper pressure must be optimised jointly 

rather than sequentially. A rate-based Aspen Plus V14 model was developed using electrolyte NRTL-

RK thermodynamics with DEEA, MAPA, H2O, CO2 and ionic species, Bravo et al. mass-transfer 

correlations, and Mellapak 250Y / Flexipac 250Y packing. A twenty-equation reduced-order surrogate 

calibrated against rigorous runs mapped the lean-loading (0.12-0.30 mol mol-1) and stripper pressure 

(2.0-4.5 bar) design space, with total equivalent work as objective. At base case, the decanter delivers 

65 vol% DEEA-rich light phase at 0.12 mol mol-1 and 35 vol% MAPA-rich heavy phase at 0.82 mol 

mol-1, with 96.8% of absorbed CO2 in the heavy phase. Solvent circulation for 90% capture is 420 t h-

1 vs 680 t h-1 for 30 wt% MEA (cyclic capacity 0.55 vs 0.30). Joint optimisation reduces specific 

reboiler duty to 2.133 GJ per tonne CO2 at 4.0 bar, 0.17 mol mol-1 lean loading, versus 2.65 GJ at 1.5 

bar – 25.4% below AMP/PZ (2.86), 40.9% below 30 wt% MEA (3.61) and 47.5% below 40 wt% cement 

MEA (4.06). Equivalent work optimum is 0.7419 GJ per tonne at 4.5 bar, limited by 130 °C thermal 

degradation at 4.22 bar. It is recommended that Ashaka adopt the DEEA-MAPA blend at 3.8 bar, 0.17 

mol mol-1 lean loading with 0.3-0.5 bar margin, tighten cross-exchanger ΔTmin to 5-7 K, and integrate 

waste heat from clinker cooler (200-300 °C) which can supply up to 48% of reboiler duty, offering a 

route below 2.0 GJ per tonne. 

Keywords: CO₂ capture; phase-change solvent; DEEA–MAPA; cement kiln flue gas; rate-based 

simulation; equivalent work; Ashaka Cement 

 

 

1 INTRODUCTION 

he cement industry is the second largest industrial source of carbon dioxide, accounting for 7–

8 % of global anthropogenic emissions, with an emission intensity of approximately 900 kg 

CO₂ per tonne of cement produced. What distinguishes cement from most other industrial 

emitters is the origin of the carbon: calcination of limestone releases CO₂ stoichiometrically and 

contributes 50–60 % of total plant emissions, while fuel combustion in the pre-calciner and rotary kiln 

contributes the remainder. The calcination fraction is chemically unavoidable, so efficiency measures, 

alternative fuels and clinker substitution can only address part of the problem. Carbon capture, 
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utilisation and storage is consequently not one decarbonisation option among many for this sector but 

a structural requirement. Post-combustion absorption using aqueous amines is the most technologically 

mature capture route, and the mechanical completion of the Heidelberg Materials Brevik plant in 

Norway has established it at commercial scale for cement. Its principal drawback is energetic. 

Regeneration of 30 wt% MEA requires 3.6–4.1 GJ per tonne CO₂ for cement flue gas duties, of which 

the greater part is expended heating and vaporising water rather than reversing the chemical bond. 

Recent reviews place the regeneration energy of conventional aqueous amine systems at 3.2–4.5 GJ per 

tonne CO₂ and identify solvent development as the dominant lever for reduction. Liquid–liquid phase-

change, or biphasic, solvents attack this penalty structurally rather than chemically. On loading with 

CO₂ the solution separates into two immiscible liquid phases: an upper phase lean in CO₂ and an amine-

rich lower phase into which the great majority of the absorbed CO₂ partitions. Only the lower phase is 

sent to regeneration, so the sensible-heat burden falls in proportion to the volume diverted. Reported 

reductions relative to MEA are substantial and consistent across chemistries: 42 % for 

DETA/isobutanol, 31–55 % for non-aqueous EMEA/DEEA/p-xylene, and 50–59 % for 

MAE/diethylene glycol dimethyl ether systems. The blend of the tertiary amine DEEA with the diamine 

MAPA is among the most extensively characterised of these systems, combining the fast carbamate 

kinetics of MAPA with the high capacity and low reaction enthalpy of DEEA, and a validated 

electrolyte NRTL representation of the DEEA–MAPA–H₂O–CO₂ quaternary is available. Two gaps 

motivate the present work. The first is methodological. Optimisation studies of biphasic solvents almost 

universally proceed by varying one factor at a time, establishing an optimal lean loading at some 

reference stripper pressure and then, separately, selecting a pressure. This procedure is only valid if the 

two variables are separable. There is good thermodynamic reason to expect that they are not: raising 

stripper pressure raises reboiler temperature, which raises the equilibrium CO₂ partial pressure over the 

liquid and therefore reduces the steam cost of deep regeneration. If so, the optimal lean loading must 

fall as pressure rises, and sequential optimisation will systematically settle on a suboptimal design. This 

coupling has not, to the authors’ knowledge, been quantified for the DEEA–MAPA system. The second 

gap is geographical and strategic. Nigeria is the largest cement producer in sub-Saharan Africa, and the 

Ashaka Cement Plant in Funakaye, Gombe State, is expanding from approximately 1.0 to 4.0 million 

tonnes per annum. No capture assessment using a phase-change solvent has been reported for any 

Nigerian cement facility. The case is distinctive: cement kiln flue gas carries 19–33 vol% CO₂ against 

12–15 % for coal-fired power, which improves absorber driving force; clinker cooler and preheater 

exhaust are available at 200–300 °C, which is well above the reboiler temperature required; but ambient 

temperatures in the Sudan savannah routinely exceed 35 °C, which constrains the achievable lean 

solvent inlet temperature and hence absorption efficiency. This paper therefore reports a rate-based 

simulation of DEEA–MAPA capture from Ashaka kiln flue gas with three specific objectives: to 

quantify the coupling between lean loading and stripper pressure and the energy penalty of ignoring it; 

to establish whether the equivalent-work optimum is energetic or constrained by solvent thermal 

degradation; and to rank the available design levers for a plant operating in the Nigerian context [1, 2, 

3]. 

2 MATERIALS AND METHODS 

2.1 Case study and flue gas specification 

Flue gas conditions were taken from published techno-economic evaluation of the cement plant 

[4, 5, 6] and from cement industry literature [2], after de-dusting and DeNOx/DeSOx pretreatment to 

below 10 ppmv SOx and 20 ppmv NOx in order to suppress heat-stable salt formation. The base-case 

specification is given in Table 1 [6]. 
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Table 1. Base-case flue gas specification, Cement Plant 

Parameter Value Unit 

Mass flow rate 304,996 kg h−1 

Temperature 160 °C 

Pressure 1.013 bar 

CO₂ mole fraction 0.224 – 

H₂O mole fraction 0.072 – 

N₂ mole fraction 0.681 – 

O₂ mole fraction 0.023 – 

Plant clinker capacity (base) 1 Mt a−1 

Target capture efficiency 90 % 

2.2 Thermodynamic framework 

The electrolyte Non-Random Two-Liquid model with the Redlich-Kwong equation of state 

(ENRTL-RK) was employed. The true-component list comprised DEEA, MAPA, H₂O, CO₂, N₂, O₂ 

together with the ionic species DEEAH⁺, MAPAH⁺, MAPACOO⁻, HCO₃⁻, CO₃²⁻, H₃O⁺ and OH⁻. 

CO₂, N₂ and O₂ were declared Henry components. Equilibrium chemistry comprised water 

autoprotolysis, CO₂ dissociation, bicarbonate formation, amine protonation and carbamate formation 

at the primary and secondary sites of MAPA; carbamate hydrolysis and the hydroxide route to 

bicarbonate were treated kinetically. Binary interaction parameters for the DEEA–H₂O, MAPA–H₂O, 

DEEA–CO₂ and MAPA–CO₂ subsystems were taken from the regressed quaternary model [7, 8, 9, 

10]. 

2.3 Process flowsheet and rate-based configuration 

The flowsheet, shown in Figure 1, comprises three sections. Flue gas conditioning consists of 

direct-contact cooler E-101, condensate knock-out SEP-101 and blower K-101. Absorption and phase 

separation comprise the rate-based RadFrac absorber T-101 with integral water-wash section T-101A 

and intercooler E-102, and the liquid–liquid decanter V-101. Regeneration and product conditioning 

comprise the rich/lean cross exchanger E-105, the rate-based RadFrac stripper T-102 with kettle 

reboiler E-103 and partial-vapour condenser E-104, lean cooler E-106 and the multi-stage CO₂ 

compressor K-102. 

 

Figure 1. Aspen Plus V14 process flowsheet for CO₂ capture from Ashaka cement kiln flue gas using 

5 M DEEA + 2 M MAPA phase-change solvent 
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Both columns were configured in rate-based mode with mixed flow, Bravo et al. mass-transfer 

and interfacial-area correlations, an interfacial area factor of 1.5, Chilton-Colburn heat transfer, Billet 

and Schultes holdup, and a five-point discretised liquid film with film reactions active. The absorber 

comprises 12 m of Mellapak 250Y in two beds at 6.0 m diameter; the stripper comprises 8 m of Flexipac 

250Y at 4.0 m diameter. Two design specifications close the model: solvent circulation is varied to 

meet the capture target, and reboiler duty is varied to meet the specified lean loading. Recycle loops 

were converged by the Wegstein method and the columns by the Newton algorithm. [9, 10]. 

2.4 Performance definitions 

Absorption efficiency is defined on a molar CO₂ basis between the absorber inlet and the 

treated-gas outlet: 

  𝜂𝐶𝑂2  =  
𝑛𝐶𝑂2𝑖𝑛 − 𝑛𝐶𝑂2𝑜𝑢𝑡

𝑛𝐶𝑂2,𝑖𝑛
 ×  100                                                                                                        (1) 

The CO₂ loading of the solvent, the cyclic capacity and the phase-split enrichment are defined 

respectively by: 

  𝛼 =  
𝑛𝐶𝑂2

𝑛𝑎𝑚𝑖𝑛𝑒
                                                                                                                                              (2) 

  𝛥𝛼 =  𝛼𝑟𝑖𝑐ℎ  −  𝛼𝑙𝑒𝑎𝑛                                                                                                                            (3) 

  𝜀𝐶𝑂2  =  
𝑉ℎ𝐶ℎ

𝑉ℎ𝐶ℎ + 𝑉𝑙𝐶𝑙
 ×  100                                                                                                                   (4) 

where subscripts h and l denote the heavy (CO₂-rich) and light (CO₂-lean) liquid phases leaving 

the decanter, V is volumetric flow and C is CO₂ concentration. The regeneration efficiency of the 

stripper is the fraction of CO₂ entering in the heavy phase that is released. 

  𝜂𝑟𝑒𝑔  =  
𝛼ℎ

𝑟𝑖𝑐ℎ − 𝛼𝑙𝑒𝑎𝑛

𝛼ℎ
𝑟𝑖𝑐ℎ  ×  100                                                                                                                 (5) 

2.5 Reduced-order surrogate model 

Mapping a two-dimensional design space at rate-based fidelity is computationally prohibitive. 

A reduced-order surrogate was therefore formulated from the governing physics and calibrated against 

the rigorous model. The specific reboiler duty is decomposed into the heat of desorption, the sensible 

heat of the circulating heavy phase and the latent heat of the stripping steam [11, 12]. 

  𝑞𝑟𝑒𝑏  =  𝑞𝑎𝑏𝑠  +  [𝑞𝑠𝑒𝑛𝑠  +  𝑞𝑙𝑎𝑡]  ·  𝑀(𝜂)                                                                                          (6) 

The three contributions are given by: 

  𝑞𝑎𝑏𝑠  =  
𝛥𝐻𝑎𝑏𝑠

𝑀𝐶𝑂2
                                                                                                                                          (7) 

  𝑞𝑠𝑒𝑛𝑠  =  
𝐶𝑠

𝛼𝑟𝑖𝑐ℎ − 𝛼𝑙𝑒𝑎𝑛
 ·  

𝛥𝑇𝑚𝑖𝑛

𝛥𝑇𝑟𝑒𝑓
                                                                                                              (8) 

  𝑞𝑙𝑎𝑡  =  𝐶𝑤  𝑒𝑥𝑝(−𝑘 𝛼𝑙𝑒𝑎𝑛)  ·  (
𝑃𝑟𝑒𝑓

𝑃𝑠𝑡𝑟
)

𝑛
                                                                                               (9) 

where ΔHabs is the differential heat of absorption of the blend, M is the molar mass of CO₂, and 

CS, Cᵥᵥ, k and n are calibrated constants. The capture-efficiency multiplier M(η) accounts for the 

compounding of increased circulation and reduced driving force at deep capture: 

  𝑀(𝜂)  =  1 +  𝑝1(𝜂 −  𝜂𝑟𝑒𝑓)  +  𝑝2(𝜂 −  𝜂𝑟𝑒𝑓)
2

                                                                       (10) 

Solvent circulation follows from the cyclic capacity and the capture target: 

  𝐿 =  𝐿𝑟𝑒𝑓  ·  
𝛥𝛼𝑟𝑒𝑓

𝛥𝛼
 ·  

𝜂

𝜂𝑟𝑒𝑓
                                                                                                                    (11) 

Absorber performance is represented through the number of transfer units, with the exponents 

on packing height and liquid-to-gas ratio and the driving-force coefficients regressed against the rate-

based model. 

  𝜂𝑎𝑏𝑠  =  [1 −  𝑒𝑥𝑝(−𝑁𝑇𝑈)]  ×  100                                                                                                (12) 
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  𝑁𝑇𝑈  =  𝑁𝑇𝑈
𝑟𝑒𝑓

(
𝐻

𝐻𝑟𝑒𝑓
)

𝑎

(
𝐿/𝐺

(𝐿/𝐺)𝑟𝑒𝑓
)

𝑏

 𝑒𝑥𝑝[−𝛽(𝛼𝑙𝑒𝑎𝑛  −  𝛼𝑟𝑒𝑓)] 𝑒𝑥𝑝[−𝛾(𝑇𝑎𝑏𝑠  −  𝑇𝑟𝑒𝑓)]       (13) 

The reboiler temperature and the CO₂ product purity leaving the reflux drum are given by: 

  𝑇𝑟𝑒𝑏  =  𝑇0  +  𝜅(𝑃𝑠𝑡𝑟  − 𝑃0)                                                                                                             (14) 

  𝑦𝐶𝑂2  =  
𝑃𝑠𝑡𝑟 − 𝑝𝑠𝑎𝑡

𝑤 (𝑇𝑐𝑜𝑛𝑑)

𝑃𝑠𝑡𝑟
(1 −  𝑥𝑖𝑛𝑒𝑟𝑡)  ×  100                                                                             (15) 

with the water saturation pressure evaluated from the Magnus correlation: 

  𝑝𝑠𝑎𝑡
𝑤  =  0.6108 𝑒𝑥𝑝 (

17.27 𝑇

𝑇 + 237.3
)                                                                                                        (16) 

2.6 Objective functions and constraints 

Specific reboiler duty alone is an incomplete objective when stripper pressure is a decision 

variable, because steam raised at higher pressure carries greater exergetic value. Total equivalent work 

was therefore adopted: [4, 11]. 

  𝑊𝑒𝑞  =  𝑞𝑟𝑒𝑏𝜂𝐶𝜂𝑡  +  𝑊𝑐𝑜𝑚𝑝  +  𝑊𝑝𝑢𝑚𝑝                                                                                          (17) 

  𝜂𝐶  =  
𝑇𝑟𝑒𝑏 + 𝛥𝑇𝑎 − 𝑇𝑠𝑖𝑛𝑘

𝑇𝑟𝑒𝑏 + 𝛥𝑇𝑎
                                                                                                                        (18) 

  𝑊𝑐𝑜𝑚𝑝  =  𝑘𝑐  𝑙𝑛 (
𝑃𝑜𝑢𝑡

𝑃𝑠𝑡𝑟
)                                                                                                                        (19) 

with a turbine efficiency ηt of 0.75, a 10 K driving force ΔTₐ and a sink temperature of 313.15 

K. The design problem is then the constrained minimization. 

  𝑚𝑖𝑛 𝑊𝑒𝑞(𝛼𝑙𝑒𝑎𝑛, 𝑃𝑠𝑡𝑟)   𝑠𝑢𝑏𝑗𝑒𝑐𝑡 𝑡𝑜   𝑇𝑟𝑒𝑏  ≤  130 °𝐶, 𝜂𝐶𝑂2  ≥  90 %                                    (20) 

The upper bound on reboiler temperature reflects the accepted onset of significant thermal 

degradation for secondary amine functionality, and is the operative constraint on this system. 

2.7 Surrogate calibration and validation 

The eight adjustable constants were fitted so that the surrogate reproduces the rigorous rate-

based results at the anchor conditions listed in Table 2. Agreement is exact at the calibration points by 

construction; the value of the surrogate lies in its ability to interpolate the design space between them 

at negligible cost, and all optima reported below were confirmed by rate-based runs at the identified 

conditions [5]. 

Table 2. Surrogate calibration anchors against the rate-based Aspen Plus model 

Anchor condition Rate-based model Surrogate Deviation 

qreb at α = 0.25, 2.0 bar, 90 % (GJ t−1) 2.45 2.45 0.00% 

qreb at α = 0.25, 4.0 bar, 90 % (GJ t−1) 2.21 2.21 0.00% 

qreb at 85 % capture (GJ t−1) 2.32 2.32 0.00% 

qreb at 95 % capture (GJ t−1) 2.71 2.71 0.00% 

Absorption efficiency at 12 m, L/G = 1.38 (%) 90 90 0.00% 

CO₂ product purity at 3.5 bar, 35 °C (mol%) 96.7 96.7 0.02% 

Solvent circulation at α = 0.25 (t h−1) 420 420 0.00% 

 

Table 3. Sensitivity variables, base values and ranges examined 
Variable Symbol Base Range 

Lean CO₂ loading αlean 0.25 0.15 – 0.35 

Stripper pressure Pstr 3.5 bar 1.5 – 4.5 bar 

Absorber packing height H 12 m 4 – 24 m 

Lean solvent inlet temperature Tabs 40 °C 30 – 60 °C 

Liquid-to-gas mass ratio L/G 1.38 0.6 – 2.6 

Exchanger approach temperature ΔTmin 10 °C 5 – 25 °C 

Capture efficiency target ηCO2 90% 80 – 99 % 
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3 RESULTS AND DISCUSSION 

3.1 Base-case performance and phase behaviour 

At the base case the decanter delivers 65 vol% as the DEEA-rich light phase at a loading of 

0.12 mol CO₂ mol⁻¹ amine and 35 vol% as the MAPA-rich heavy phase at 0.82 mol mol⁻¹, with 96.8 

% of the absorbed CO₂ reporting to the heavy phase. Because the light phase is already leaner than the 

0.25 mol mol⁻¹ lean specification, it is returned directly to the absorber without thermal treatment. 

Solvent circulation for 90 % capture is 420 t h⁻¹ against 680 t h⁻¹ for the 30 wt% MEA reference, 

reflecting a cyclic capacity of 0.55 against 0.30 mol mol⁻¹. Treated gas leaves at 1.6 mol% CO₂ and the 

compressed product at 96.7 mol% purity. [7, 13, 14]. 

3.2 Effect of lean CO₂ loading 

Figure 2(a) shows the specific reboiler duty against lean loading at four stripper pressures. 

Every curve is U-shaped, arising from the opposition of the two terms in Equations 8 and 9. At low lean 

loading the cyclic capacity is large and circulation small 313 t h⁻¹ at α = 0.15 against 630 t h⁻¹ at α = 

0.35  so the sensible-heat term is small, but stripping the last increments of CO₂ from an already lean 

solvent demands a disproportionate quantity of steam because the equilibrium CO₂ partial pressure falls 

steeply as loading approaches zero. At high lean loading the reverse holds: little steam is required, but 

cyclic capacity collapses from 0.40 to 0.20 mol mol⁻¹ across the range, doubling circulation and hence 

the sensible-heat and pumping demands. The curves are notably flat near the optimum: between α = 

0.22 and 0.29 at 2 bar the duty varies by less than 1.5 %, so the lean loading set point may be relaxed 

to accommodate control stability or decanter phase behaviour at negligible energy cost. 

 

Figure 2: Effect of lean CO₂ loading. (a) Specific reboiler duty at four stripper pressures, stars 

indicating the optimum in each case; (b) solvent circulation, circulation to the stripper and cyclic 

capacity 

3.3 Stripper pressure and the equivalent-work criterion 

Specific reboiler duty falls monotonically with stripper pressure, from 2.65 GJ per tonne at 1.5 

bar to 2.19 at 4.5 bar, a reduction of 17 % (Figure 3a). Three mechanisms contribute: the relative 

volatility of water with respect to CO₂ falls as temperature rises, reducing the latent term; the higher 

reboiler temperature raises the equilibrium CO₂ partial pressure and improves stripping driving force; 

and reduced overhead water lowers condenser duty and reflux [15, 16]. 
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Figure 3. Effect of stripper pressure. (a) Specific reboiler duty and reboiler temperature; (b) 

decomposition of total equivalent work, with the 130 °C thermal degradation limit indicated 

Read alone, Figure 3(a) recommends the highest attainable pressure. Figure 3(b) shows why 

that inference fails. The thermal work of Equation 17 rises with pressure even as duty falls, because the 

Carnot factor of Equation 18 increases from 0.204 at 2 bar to 0.247 at 4.5 bar. Compression work moves 

oppositely, from 0.400 to 0.325 GJ per tonne. The sum falls steeply to about 3.0 bar and then flattens: 

0.7862 GJ per tonne at 2.0 bar, 0.7465 at 3.5 bar, 0.7431 at 4.0 bar and 0.7419 at 4.5 bar. The equivalent-

work surface therefore possesses no interior optimum over the range of practical interest. The binding 

constraint is thermal: the reboiler reaches 130 °C at 4.22 bar. This is a materially different design 

argument from the energetic optimum usually invoked, and it means the validity of any recommended 

pressure rests on degradation data for the specific blend rather than on thermodynamics [4, 11]. 

3.4 Coupled lean-loading–pressure optimisation 

The central finding of this study is that lean loading and stripper pressure are not separable 

decision variables. Because elevated pressure makes stripping steam thermodynamically cheaper, it 

shifts the balance in Equation 6 in favour of deeper regeneration, and the optimal lean loading falls 

accordingly. Table 4 quantifies the migration [15, 16]. 

Table 4. Pressure dependence of the optimal lean loading and the penalty of sequential optimization 

Pstr (bar) αlean optimum qreb at optimum (GJ t−1) qreb at α = 0.25 (GJ t−1) Penalty (%) Treb (°C) 

2 0.25 2.45 2.45 0 110 

2.5 0.223 2.336 2.345 0.36 114.5 

3 0.2 2.256 2.281 1.09 119 

3.5 0.18 2.197 2.239 1.94 123.5 

4 0.163 2.15 2.21 2.8 128 

4.5 0.147 2.112 2.189 3.62 132.5 

The optimal lean loading migrates from 0.250 mol mol⁻¹ at 2.0 bar to 0.147 at 4.5 bar, a 41 % 

reduction. The penalty for carrying an optimum established at 2 bar forward to a higher-pressure design 

grows from zero to 3.62 %. Figure 4 presents the full design surface with the locus of optimal lean 

loading superimposed and the infeasible high-temperature region shaded [16]. 
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Figure 4. Design surfaces over the coupled lean-loading–pressure space. (a) Specific reboiler duty; (b) 

total equivalent work. The dashed line is the locus of optimal lean loading, the shaded band the 

thermally infeasible region, and the markers the three design points of Table 5 

Three design points are compared in Table 5. Point D1 is the sequentially optimised design 

typical of the literature: lean loading selected at 2 bar and pressure subsequently raised to 3.5 bar. Point 

D2 re-optimises lean loading at that pressure. Point D3 is the solution of Equation 20, lying on the 

degradation constraint. 

Table 5. Comparison of sequentially and jointly optimised design points 

Design point αlean Pstr (bar) qreb (GJ t−1) Weq (GJ t−1) L (t h−1) ηreg (%) 

D1 sequential 0.25 3.5 2.239 0.7465 420 69.5 

D2 joint at 3.5 bar 0.18 3.5 2.197 0.7369 341 78 

D3 constrained optimum 0.147 4.22 2.133 0.7271 313 82.1 

D1 → D2 improvement – – 1.90% 1.29% −18.8 % +8.5 pp 

D1 → D3 improvement – – 4.75% 2.60% −25.5 % +12.6 pp 

 

Joint optimisation reduces specific reboiler duty by 4.75 % and equivalent work by 2.60 % 

relative to the sequential design, while simultaneously reducing solvent circulation by a quarter, which 

propagates into smaller pumps, a smaller cross exchanger and a smaller stripper. These are not marginal 

gains for a plant of this scale: at 1 Mt a⁻¹ clinker capacity the duty saving alone corresponds to 

approximately 68 TJ per annum. The practical caution is that D3 sits exactly on the degradation 

constraint; a design margin of 0.3–0.5 bar is advisable pending experimental degradation data, which 

places the recommended operating point near 3.8 bar at a lean loading of 0.17 [4, 11]. 

3.5 Absorption efficiency 

Figure 5(a) shows capture efficiency against packing height for five lean loadings, following 

the exponential approach to equilibrium of Equations 12 and 13. At α = 0.25, 12 m of Mellapak 250Y 

delivers 90.0 % capture; extending to 18 m yields only 96.1 % and to 24 m only 98.4 %. The first 12 m 

therefore delivers 90 percentage points and the second 12 m only 8.4, so the marginal cost of capture 

rises sharply beyond about 15 m [15]. 

 
Figure 5: Absorber sensitivity. (a) Capture efficiency versus packing height at five lean loadings; (b) 

effect of lean solvent inlet temperature 



Nigerian Journal of Engineering Science and Technology Research, Vol. 12, No. 1, 2026(266-278) 

 

274 

 

Figure 5(b) isolates temperature. Raising the lean solvent inlet from 40 to 60 °C reduces capture 

at 12 m from 90.0 % to 78.6 %, a gradient of approximately 0.57 percentage points per kelvin. Unlike 

packing height and liquid-to-gas ratio, both of which saturate, the temperature penalty does not saturate. 

Temperature management is therefore where absorption performance is won or lost, which elevates the 

intercooler E-102 and lean cooler E-106 from auxiliary to primary process units. This has a specific 

consequence for Ashaka: ambient temperatures in Gombe State routinely exceed 35 °C, placing direct 

pressure on cooling-water supply temperature. A design assuming 40 °C solvent inlet without 

confirming the cooling-water approach may find the absorber operating at 45–50 °C in service, costing 

3–6 percentage points of capture. Air-cooled or hybrid cooling should be evaluated explicitly and 

packing height specified against the summer case [15, 17]. 

3.6 Heat duty decomposition and the exchanger lever 

Table 6 decomposes the duty at α = 0.25 and 2 bar according to Equation 6. 

Table 6: Decomposition of the specific reboiler duty at the base case 

Contribution GJ per t CO₂ Share (%) Principal control variable 

Heat of desorption, qabs 1.409 57.5 Solvent chemistry (fixed) 

Sensible heat, qsens 0.669 27.3 ΔTmin, lean loading 

Latent heat, qlat 0.372 15.2 Stripper pressure, lean loading 

Total 2.450 100.0 – 

The desorption term is a property of the solvent chemistry — approximately 62 kJ mol⁻¹ CO₂ 

for the blend against roughly 85 kJ mol⁻¹ for MEA — and is inaccessible to process optimisation. The 

sensible term is where phase separation pays, being roughly one third of that of an equivalent single-

phase solvent. It follows that the largest remaining lever is the exchanger approach temperature of 

Equation 8. Differentiating gives a gradient of 0.067 GJ per tonne CO₂ per kelvin at 2 bar; tightening 

ΔTmin from 10 to 6 K would reduce duty by 0.27 GJ per tonne, or 11 %, which exceeds the entire benefit 

of raising stripper pressure from 2 to 4 bar. Exchanger area rises hyperbolically as the approach tightens 

and the practical limit for plate exchangers in amine service is 5–7 K, but the trade is likely favourable 

and should be the first optimisation pursued [7, 13]. 

 

Figure 6: (a) Sensitivity of reboiler duty to the rich/lean exchanger approach temperature at three 

stripper pressures; (b) reboiler duty versus target capture efficiency, compared with the 30 wt% MEA 

reference. 

Figure 6(b) quantifies the cost of deep capture through the multiplier of Equation 10. Duty rises 

from 2.32 GJ per tonne at 85 % capture to 2.45 at 90 %, 2.71 at 95 % and 3.01 at 99 %, the marginal 

cost of the last percentage point being roughly six times that of the first. The proportional penalty is 

similar for MEA but the absolute penalty is much smaller for the blend, because phase separation limits 

the mass of liquid that must be heated. This matters as the sector moves toward capture rates above the 

conventional 90 % [4, 11]. 
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3.7 Stripper performance and benchmarking 

Regeneration efficiency responds strongly to pressure: achieving 75 % costs 2.52 GJ per tonne 

at 2 bar but only 2.26 at 4 bar. The chemical basis is speciation. In MEA essentially all absorbed CO₂ 

is held as a stable carbamate whose reversal is kinetically hindered, whereas DEEA-catalysed 

bicarbonate formation dominates in the loaded heavy phase of the blend, and bicarbonate is released 

far more readily. This is why the system tolerates elevated-pressure stripping without the reflux penalty 

that would afflict a carbamate-dominated solvent. Product purity rises with pressure through Equation 

15, reaching 96.7 mol% at 3.5 bar with a 35 °C condenser; operating at 2 bar with a 40 °C condenser 

would fail the 95 mol% pipeline specification at 94.0 mol%, so condenser temperature and stripper 

pressure must be specified jointly. [8, 13]. 

 

Figure 7. Specific reboiler duty of the DEEA–MAPA blend compared with MEA and AMP/PZ 

benchmarks at 90 % capture. 

At the constrained joint optimum D3 the blend requires 2.133 GJ per tonne CO₂, against 2.86 

for AMP/PZ, 3.61 for the 30 wt% MEA reference and 4.06 for the cement-specific 40 wt% MEA case, 

corresponding to reductions of 25.4 %, 40.9 % and 47.5 % respectively. These figures sit within the 

32–55 % band reported for biphasic systems generally and confirm that the DEEA–MAPA blend 

achieves competitive performance without the phase-splitting additives such as sulfolane or long-chain 

alcohols required by several alternative formulations [4, 11, 18] 

3.8 Implications for Nigerian cement decarbonisation 

Three features of the Ashaka case are consequential. First, the reboiler temperature of 123.5–

130 °C required at the optimum lies well below the 200–300 °C available from clinker cooler and 

preheater exhaust, so a substantial fraction of the regeneration duty could be met from waste heat rather 

than fossil steam; experience at Brevik suggests up to 48 %. Combined with the exchanger tightening 

identified in Section 3.6, this offers a credible route below 2.0 GJ per tonne, and the two measures are 

independent and additive. Second, the elevated CO₂ concentration of kiln gas at 22.4 mol% improves 

absorber driving force relative to power-sector applications, partially offsetting the ambient-

temperature disadvantage. Third, the dominant residual uncertainties are material rather than energetic: 

degradation and corrosion behaviour of MAPA in the presence of cement kiln dust and trace SOx and 

NOx, including nitrosamine formation, and the sparse liquid–liquid equilibrium data for the quaternary 

system above 4 bar. Since the recommended design sits on a degradation constraint, these data should 

be regarded as prerequisites rather than refinements. [1, 3, 19, 20] 

4 CONCLUSIONS 

A rate-based Aspen Plus model of DEEA–MAPA phase-change capture from Ashaka cement 

kiln flue gas, supported by a calibrated reduced-order surrogate, yields four conclusions. Lean loading 

and stripper pressure are coupled decision variables. The optimal lean loading migrates from 0.250 mol 

CO₂ mol⁻¹ amine at 2.0 bar to 0.147 at 4.5 bar, and the penalty for sequential rather than joint 

optimisation reaches 3.62 %. Joint optimisation reduces specific reboiler duty from 2.239 to 2.133 GJ 

per tonne CO₂ (4.75 %) and total equivalent work by 2.60 %, while reducing solvent circulation by 

25.5 %. The equivalent-work surface has no interior optimum; the operative constraint is the 130 °C 

thermal degradation limit, reached at 4.22 bar. Recommended design pressure is therefore 3.8 bar at a 
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lean loading of 0.17, retaining margin against the constraint. The rich/lean exchanger approach 

temperature, at 0.067 GJ per tonne CO₂ per kelvin, is a larger remaining energy lever than stripper 

pressure and should be treated as a decision variable rather than a fixed specification. At the constrained 

optimum the process attains 90 % capture at 96.7 mol% purity for 2.133 GJ per tonne CO₂, a 40.9 % 

reduction against the 30 wt% MEA reference. Experimental determination of MAPA degradation 

kinetics at cement flue gas conditions is identified as the principal prerequisite for design confirmation. 

[14] 
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NOMENCLATURE 

Symbol Description Unit 

CS, CW Sensible-heat and stripping-steam constants GJ t−1 

H Absorber packing height m 

L Solvent circulation rate t h−1 

L/G Liquid-to-gas mass ratio – 

M(η) Capture-efficiency multiplier – 

NTU Number of transfer units – 

Pstr Stripper operating pressure bar 

qreb Specific reboiler duty GJ t−1 CO₂ 

Treb Reboiler temperature °C 

Weq Total equivalent work GJ t−1 CO₂ 

yCO2 CO₂ product purity mol% 

α CO₂ loading mol CO₂ mol−1 amine 

Δα Cyclic capacity mol CO₂ mol−1 amine 

ΔHabs Differential heat of absorption kJ mol−1 CO₂ 

ΔTmin Exchanger minimum approach temperature K 

εCO2 CO₂ enrichment in the heavy phase % 

ηCO2 CO₂ capture (absorption) efficiency % 

ηreg Stripper regeneration efficiency % 

ηC, ηt Carnot factor and turbine efficiency – 

 

 

 


